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1
SEPARATION OF CARBON DIOXIDE AND
HYDROGEN

This application is the U.S. national phase of International
Application No. PCT/GB2010/001406 filed 23 Jul. 2010
which designated the U.S. and claims priority to British
Application Nos. PCT/GB2009/001810, PCT/GB2009/
002383, PCT/GB2009/002895, and PCT/GB2009/002884
filed 24 Jul. 2009, 6 Oct. 2009, 16 Dec. 2009, and 16 Dec.
2009, the entire contents of each of which are hereby incor-
porated by reference.

This invention relates to the separation of a condensable
gas, for example carbon dioxide, from a gas mixture.
Examples of the invention relate to the recovery of carbon
dioxide and hydrogen in a concentrated form from a synthesis
gas stream comprising hydrogen and carbon dioxide thereby
generating a carbon dioxide stream that may be used in a
chemical process, or may be sequestered or used for enhanced
oil recovery before being ultimately sequestered, and a
hydrogen stream that may be used as fuel for a power plant
thereby generating electricity or as fuel for a low pressure
burner of a fired heater, or as fuel for a reformer or boiler or as
a refinery feed stream for upgrading of one or more refinery
streams or as a hydrogen feed to a chemical process. In
particular examples this invention relates to a process in
which the synthesis gas stream contains significant levels of
sulfide impurities such as hydrogen sulfide.

U.S. Pat. No. 3,614,872 relates to an autorefrigeration pro-
cess for separating a shifted synthesis gas feedstream into an
enriched carbon dioxide product stream and an enriched
hydrogen product stream comprising the steps of:

(1) cooling the shifted synthesis gas feedstream stepwise at
super atmospheric pressure by noncontact counter flow
heat exchange in a plurality of separate cooling zones, and
where in each separate cooling zone one or two streams of
coolant of different compositions which are produced sub-
sequently in the process is passed in heat exchange rela-
tionship with one stream of synthesis gas feed thereby
cooling the synthesis gas feedstream to a temperature
below the dew point at the pressure of the synthesis gas
feedstream, and where in at least one of the separate cool-
ing zones, the synthesis gas flows in split streams, each
split stream of which is cooled by separate product streams
of different compositions out of heat exchange with each
other, and separating in a gas-liquid separation zone a
liquefied enriched carbon dioxide product stream and a
gaseous enriched hydrogen product stream;

(2) withdrawing at least a portion of said liquefied enriched
carbon dioxide product stream from the separation zone in
(1), expanding at substantially the temperature at which it
is removed from separation zone and passing said
expanded portion through at least one cooling zone in (1) as
one of'said stream of coolant at reduced pressure relative to
said separation zone, and removing the enriched carbon
dioxide product stream departing from (1) in gaseous
phase at a temperature higher than that in said separation
zone;

(3) simultaneously withdrawing at least a portion of said
gaseous enriched hydrogen product stream from the sepa-
ration zone of (1) and passing said portion as said other
stream of coolant through at least one cooling zone in (1)
which is separate and distinct from any cooling zone
cooled in (2) by said first stream of coolant; and

(4) withdrawing the gaseous enriched hydrogen product
stream from (3) at a temperature higher than the tempera-
ture in said separation zone.

20

25

30

40

45

2

According to the description of U.S. Pat. No. 3,614,872,
the dried feed gas enters the separating portion of the system
at substantially initial line pressure, that is a pressure of about
1400 psig (96.5 barg). It is also said that at start-up, back
pressure valve 20 is closed and the enriched hydrogen product
stream from the top of separator 19 is reduced in pressure
from 1400 psig to about 140 psig (9.65 barg) by being passed
across an expansion valve. By expansion across the valve, the
temperature of this gaseous stream is dropped to -78° F.
without solid formation. The cooled enriched hydrogen prod-
uct gas is then used as internal refrigerant in cooler 13. It is
also said that higher refrigeration efficiencies are possible if
the compressed hydrogen enriched product gas instead of
being expanded at constant enthalpy through a valve, is
expanded at constant entropy; that is, the gas is made to
operate an expansion engine or move the rotor of a turbo-
electric generator. However, after start-up, it may no longer be
necessary to supply refrigerant to cooler 13 at a temperature
of =78° F. Accordingly, the hydrogen enriched product gas
may by-pass the expansion valve and is introduced into the
cooler 13 at a temperature of about -55 to —65° F. This
scheme is said to avoid the large pressure drop previously
experienced across the expansion valve.

Our co-pending European patent application 08252610.4
filed on 31 Jul. 2008 discloses a process which comprises
pressurising the synthesis gas stream in a compression system
to a pressure in the range of 150 to 400 barg and then passing
the compressed synthesis gas feed stream through a heat
exchanger system in heat exchange relationship with a plu-
rality of internal refrigerant streams that are produced subse-
quently in the process, so that the high pressure (HP) synthe-
sis gas stream that exits the heat exchanger system may be
cooled to a temperature in the range of —15 to -55° C. The
cooled HP synthesis gas that exits the heat exchanger system
is then e separated in a gas-liquid separator vessel with neg-
ligible pressure drop across the heat exchanger system and
separator vessel thereby forming a HP hydrogen (H,) rich
vapour stream and a HP liquid carbon dioxide (CO,) stream
with the separation achieving 75% to 95% capture of the CO,
from the synthesis gas feed stream. The HP H, rich vapour
stream may then be reduced in pressure to any desired pres-
sure by passing it through a turboexpansion system that com-
prises a plurality of turboexpanders arranged in series. In
particular, hydrogen rich vapour stream may be obtained at
the desired fuel gas feed pressure for a combustor of a gas
turbine of a power plant (for example, at a pressure of 30
barg). It is also taught that the expanded H, rich vapour
streams that exit each turboexpander of the series may be used
as internal refrigerant streams thereby providing a major por-
tion of the refrigeration duty for the heat exchanger system.
Also, expansion of the H, rich vapour in the turboexpanders
may be used to drive a rotor or shaft of the compressor(s) of
the compressor system or to drive the rotor or shaft of a
turbo-electric generator thereby achieving a net power con-
sumption for the separation of the synthesis gas stream into a
hydrogen rich vapour stream and liquid CO, stream of less
than 30 MW, preferably, less than 25 MW when processing
28,000 kmol/hour of syngas containing 56 mol % hydrogen
and 43 mol % CO,.

It has now been found that the process described in our
earlier patent application can be adapted to treat synthesis gas
containing hydrogen sulfide impurities by concentrating the
hydrogen sulfide in the HP liquid CO, stream, vaporising said
stream and separating the components by solvent extraction.
This has the advantage that no upstream treatment of the
synthesis gas stream to remove hydrogen sulfide is required
which generally speaking is less energy efficient.



US 9,163,188 B2

3

Thus, according to the present invention there is provided
a process for separating a synthesis gas stream containing
hydrogen sulfide (H,S) impurities into a hydrogen (H,) rich
vapour stream, a liquid carbon dioxide (CO,) stream and an
H,S rich vapour stream in a CO, condensation plant that
comprises (a) a compression system comprising at least one
compressor, (b) a heat exchanger system, (c) a gas-liquid
separator vessel, (d) a turboexpansion system comprising a
plurality of turboexpanders arranged in series and (e) an H,S
recovery unit the process comprising the steps of:

(A) feeding the synthesis gas stream at a pressure in the range
of 10 to 60 barg to the compression system of the CO,
condensation plant such that the synthesis gas is increased
in pressure to a pressure in the range of 80 to 400 barg, for
example 150 to 400 barg; and cooling the resulting high
pressure (HP) synthesis gas stream against an external
coolant and optionally an external refrigerant to remove at
least part of the heat of compression;

(B) cooling the HP synthesis gas stream formed in step (A) to
atemperature in the range of —15 to =55° C. by passing the
HP synthesis gas stream through the heat exchanger sys-
tem in heat exchange relationship with a plurality of inter-
nal refrigerant streams wherein the internal refrigerant
streams are selected from the group consisting of cold
hydrogen rich vapour streams and liquid CO, streams;

(C) passing the cooled HP synthesis gas stream formed in step
(B) either directly or indirectly to a gas-liquid separator
vessel that is operated at substantially the same pressure as
the heat exchanger system and withdrawing a high pressure
(HP) hydrogen rich vapour stream from at or near the top of
the separator vessel and a high pressure (HP) liquid CO,
stream containing dissolved H,S impurities from at or near
the bottom of the separator vessel;

(D) feeding the HP hydrogen rich vapour stream from step
(C) to the turboexpansion system wherein the hydrogen
rich vapour stream is subjected to isentropic expansion in
each of the turboexpanders of the series such that hydrogen
rich vapour streams are withdrawn from the turboexpand-
ers of the series at reduced temperature and at successively
reduced pressures and wherein isentropic expansion of the
hydrogen rich vapour in each of the turboexpanders of the
series is used to drive a compressor of the compression
system and/or to drive a turbine of an electric generator and

(E) passing the HP liquid CO, stream containing dissolved
H,S impurities from step (C) to the H,S recovery unit
comprising an evaporator/condenser in which the CO, and
H,S are vaporised and an H,S absorber in which the gas-
eous H,S and CO, are separated.

Preferably, the cooled HP synthesis gas stream formed in
step (B) is passed to a cryogenic separation system 200 such
as is shown in FIG. 2 comprising at least one cryogenic
separation stage 202 wherein the cryogenic separation
stage(s) 202 is comprised of a heat exchanger 204 that
employs an external refrigerant (not shown) and a gas-liquid
separator vessel 206. Accordingly, the gas-liquid separator
vessel employed in step (C) of the present invention may be
either the gas-liquid separator vessel of a single cryogenic
separation stage that employs an external refrigerant or is the
final gas-liquid separator vessel of a series of cryogenic sepa-
ration stages wherein the cryogenic separation stages each
employ an external refrigerant and are operated at progres-
sively lower temperatures.

An advantage of the process of the present invention is that
at least 50%, for example at least 70%, is separated from the
gas stream at the gas-liquid separator. An advantage of the
process of aspects of the present invention is that at least 75%,
preferably, at least 90%, more preferably, at least 95% of the
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carbon dioxide is separated from the synthesis gas feed
stream with the carbon dioxide capture level being dependent
upon the pressure of the HP synthesis gas stream and on
whether the cooled synthesis gas stream formed in step (B) is
subjected to cryogenic cooling against an external refrigerant.
Thus, it has been found that 75 to 85% of the CO, may be
captured from the synthesis gas feed stream if the cooled HP
synthesis gas stream that is formed in step (B) is passed
directly to a gas-liquid separator vessel without being sub-
jected to cryogenic cooling against an external refrigerant
(the CO, capture level increasing with increasing compres-
sion of the synthesis gas feed stream). The person skilled in
the art will understand that the CO, capture level increases
with increasing compression of the synthesis gas feed stream
above the minimum pressure of 80 barg. In some examples
the pressure will be 150 barg or more. The person skilled in
the art will also understand that the CO, capture level will
depend on the temperature to which the HP synthesis gas
stream is cooled in the heat exchanger system and optional
cryogenic separation system.

In examples of the invention, the work of the expander is
increased through higher carbon dioxide separation and thus
higher carbon dioxide scrubbed gas stream pressure. The
inventors have identified that using higher separation pres-
sure, the balance of heat duty can be attained between cooling
down the compressed gas and the cold heat generated by the
high pressure hydrogen rich gas expander in view of the
higher carbon dioxide separation rate. It has been found for
some examples that it is advantageous for the pressure of the
separation step at the gas-liquid separator to be carried out at
150 bar to 400 bar. In some cases, such pressure canlead to a
carbon dioxide separation rate in the range of 80 to 90%.

Preferably a carbon dioxide scrubber is provided down-
stream of the separator. Preferably the scrubber operates at a
pressure of greater than 50 bar, preferably greater than 60 bar.
Preferably the scrubber operates at a pressure of between 80
and 400 bar.

Using a high pressure and low temperature separation and
supplementary scrubber (for example a physical solvent), can
lead to efficiencies. For example, for a physical scrubber, the
required solvent flow rate can decrease as pressure is
increased, temperature is decreased and/or the amount of the
scrubbed component decreases. In examples of the invention
therefore, the solvent flow rate can be reduced compared with
conventional systems. Thus energy consumption can also be
reduced. Since the size of the scrubber may be dependent on
the volumetric gas flow, the use of high pressure and low
temperature can allow a smaller scrubber to be used.

In examples using a high pressure and low temperature
separation and supplementary physical scrubber, high carbon
dioxide recovery can be achieved together with recovery of
H2S in liquid form. In accordance with aspects of the inven-
tion, the same physical absorbent as used for the physical
scrubber can be used to scrub vaporized H2S from vaporized
CoO2.

A further advantage of the present invention is that typi-
cally, at least 98%, preferably, at least 99%, more preferably,
atleast 99.5%, in particular, at least 99.8% of the hydrogen is
recovered in the H, rich vapour stream. Yet a further advan-
tage of the process of the present invention is that the hydro-
gen rich vapour stream that is separated in step (C) is at a
pressure substantially above the minimum fuel gas feed pres-
sure (inlet pressure) for a combustor(s) of at least one gas
turbine(s) of a power plant. Accordingly, the HP hydrogen
rich vapour stream may be reduced in pressure in step (D) to
the desired inlet pressure for the combustor(s) of the gas
turbine(s) by isentropically expanding the HP hydrogen rich
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vapour stream in a series of turboexpanders thereby providing
cold H, rich vapours streams (internal refrigerant streams)
that may be used to cool the HP synthesis gas stream in step
(B). In addition, isentropic expansion of the hydrogen rich
vapour streams in each of the turboexpanders of the series
produces work that may be used to either drive the compres-
sor(s) of the compression system or to drive at least one
turbine of an electric motor thereby generating electricity for
use in the process (for example, for operating one or more
electric compressors of the compression system). Thus, a
major portion of the compression energy may be recovered
using the turboexpanders thereby increasing the overall
energy efficiency of the process. However, it is recognised
that there will be energy losses and that additional power will
be required to run the compressors of the compression sys-
tem. It is also recognised that the HP hydrogen rich vapour
stream may be expanded to pressures below the inlet pressure
of'the combustor of a gas turbine, if'the hydrogen rich vapour
stream is to be used for a different purpose, for example, as
fuel for a low pressure burner of a fired heater, or as fuel for a
reformer or boiler or as a refinery feed stream for upgrading of
one or more refinery streams or as a hydrogen feed to a
chemical process.

A still further advantage of the present invention is that
essentially all sulfide impurities present in the synthesis gas
can be concentrated in the HP liquid CO, stream thereby
making it is easier to separate and dispose of. This is espe-
cially important where the CO, will be sequestered under-
ground and needs to be freed of environmentally damaging
contaminants. Although the term hydrogen sulfide (H,S) is
used throughout this specification as it is by far the most
common impurity one of ordinary skill would understand this
term to cover all volatile sulfur containing contaminants
likely to be found in industrially produced synthesis gas
including mixtures of H,S with lesser amounts of the volatile
mercaptans.

The synthesis gas feed stream may be generated from a
solid fuel such as petroleum coke or coal in a gasifier or from
a gaseous hydrocarbon feedstock in a reformer. The synthesis
gas from the gasifier or reformer contains high amounts of
carbon monoxide. Accordingly, the synthesis gas is treated in
a shift converter unit where substantially all of the carbon
monoxide contained in the synthesis gas stream is converted
to carbon dioxide over a shift catalyst according to the water
gas shift reaction (WGSR)

CO+H,0—CO0,+H,.

The shift converter unit may be a single shift reactor con-
taining a shift catalyst. However, it is preferred that the shift
converter unit comprises a high temperature shift reactor
containing a high temperature shift catalyst and a low tem-
perature shift reactor containing a low temperature shift cata-
lyst. The water gas shift reaction is exothermic and results in
a significant temperature rise across the shift converter unit.
Accordingly, the shift converter unit may be cooled by con-
tinuously removing a portion of the shifted synthesis gas
stream and cooling this stream by heat exchange with one or
more process streams, for example against boiler feed water
or against steam (for the generation of superheated steam).

The synthesis gas that exits the shift converter unit com-
prises primarily hydrogen, carbon dioxide and steam and
minor amounts of H,S, carbon monoxide and methane. Typi-
cally, the synthesis gas that exits the shift converter unit is
cooled to a temperature in the range of 30 to 50° C., for
example, about 40° C., upstream of the CO, condensation
plant, by heat exchange with at least one cold process stream,
to condense out a condensate (predominantly comprised of
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water). Typically, the cold process stream is a process stream
used during the generation of the synthesis gas. The conden-
sate is then separated from the cooled synthesis gas stream,
for example, in a condensate drum.

After removal of any condensate (see above), the synthesis
gas stream is preferably dried prior to being passed to the CO,
condensation plant, as any moisture in the synthesis gas
stream will freeze and potentially cause blockages in the
plant. The synthesis gas stream may be dried by being passed
through a molecular sieve bed or an absorption tower that
employs a solvent, for example, triethylene glycol, to selec-
tively absorb the water. Preferably, the dried synthesis gas
stream has a water content of less than 1 ppm (on a molar
basis).

The synthesis gas stream is then fed to the compression
system of the CO, condensation plant at a pressure in the
range 10 to 60 barg, preferably, 20 to 60 barg, in particular, 40
to 60 barg. The temperature at which the synthesis gas is fed
to the compression system of the CO, condensation plant is
not critical. However, it is preferred that the synthesis gas
stream is fed to the compression system of the CO, conden-
sation plant at a temperature in the range of 25 to 50° C., for
example, 30 to 40° C. The synthesis gas stream is then com-
pressed, in the compression system, to a pressure in the range
of 80 to 400 barg, for example 150 to 400 barg, preferably,
175 to 360 barg, more preferably, 250 to 360 barg, most
preferably 300 to 360 barg, in particular, 330 to 360 barg.
Preferably, the compression system is a multistage compres-
sor system comprising a plurality of compressors arranged in
series. However, where the synthesis gas feed stream is com-
pressed to lower pressures, for example, pressures in the
range of 80 barg, 150 to 200 barg or less, preferably, 150 to
180 barg, a single stage of compression may be employed.
Thus, a multistage compression system is preferred for higher
discharge pressures from the compression system and is
optional for lower discharge pressures from the compression
system. Generally, the compressor(s) of the compression sys-
tem is mounted on a shaft that may be driven by an electric
motor, gas turbine or steam turbine. Alternatively, the com-
pressor(s) of the compression system and the turboexpanders
of'the turboexpansion system may be mounted on a common
shaft so that the isentropic expansion of the hydrogen rich
vapour in the turboexpanders may be used to drive the com-
pressor(s).

A typical multistage compression system for use in the
process of the present invention comprises at least one low
pressure (LP) compressor, preferably two or three LP com-
pressors mounted on a common drive shaft and at least one
high pressure (HP) compressor, preferably one or two HP
compressors mounted on a further common drive shaft (the
drive shafts may be connected via a gear system). The LP and
HP compressors are arranged in series. As would be well
known to the person skilled in art, increased compression
efficiency is achieved by balancing the compression duty
across the compressors of the series. Thus, it is preferred that
the compression ratios between successive compressors of
the series are substantially the same.

Typically, the compressed HP synthesis gas stream is
cooled to remove at least part, preferably, substantially all of
the heat of compression before being passed through the heat
exchanger system thereby reducing the cooling duty for the
heat exchanger system. Where there is a single stage of com-
pression, at least part of the heat of compression is removed
from the HP synthesis gas by passing the HP synthesis gas
stream through at least one heat exchanger of the compression
system in heat exchange relationship with an external coolant
and/or an external refrigerant. Where there are a plurality of
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stages of compression, it is preferred that the multistage com-
pression system is provided with at least one interstage heat
exchanger where the compressed gas is cooled against an
external coolant before being passed to the next compressor
in the series. Preferably, interstage heat exchangers are pro-
vided between each compressor in the series. The multistage
compression system is also provided with at least one heat
exchanger after the final stage of compression where the HP
synthesis gas stream is cooled against an external coolant
and/or an external refrigerant before being passed to the heat
exchanger system. Typically, the compressed HP synthesis
gas stream from the final stage of compression may be passed
through a first heat exchanger in heat exchange relationship
with an external coolant and then through a second heat
exchanger in heat exchange relationship with an external
refrigerant, prior to being passed to the heat exchanger sys-
tem. Suitable external coolants for use in the heat
exchanger(s) of the compression system include air, water, or
a cold process stream such as the H, rich vapour stream
formed in step (C) or the final H, rich vapour stream that is
exported from the process of the present invention. Suitable
external refrigerants for use in the heat exchanger of the
compression system include propane, propenes and ammo-
nia.

Where the HP synthesis gas that exits the compression
system has not been heat exchanged with an external refrig-
erant, the HP synthesis gas typically exits the compression
system at a temperature in the range of 20 to 50° C., in
particular, 25 to 40° C. Where the HP synthesis gas that exits
compression system has been heat exchanged with an exter-
nal refrigerant, the HP synthesis gas typically exits the com-
pression system at a temperature in the range of 0 to -30° C.,
for example, 0 to -10° C.

The HP synthesis gas stream is then passed through the
heat exchanger system of the CO, condensation plant where
the HP synthesis gas stream is cooled against a plurality of
internal refrigerant streams i.e. cold process streams that are
produced subsequently in the process. The internal refriger-
ant streams may be selected from cold hydrogen rich vapour
stream(s), in particular, cold expanded hydrogen rich vapour
stream(s) from the turboexpanders of the turboexpansion sys-
tem, and liquid CO, stream(s). Typically, the HP synthesis
gas stream is cooled in the heat exchanger system to a tem-
perature in the range —15 to -55° C., preferably, -25 to -50°
C., for example, =35 to —40° C. Typically, there is minimal
pressure drop across the heat exchanger system, for example,
a pressure drop of less than 1.5 bar, preferably, less than 1.0
bar.

Typically, the heat exchanger system comprises a multi-
channel heat exchanger with the HP synthesis gas stream
being passed through a channel of a multichannel heat
exchanger in heat exchange relationship with a plurality of
internal refrigerant streams that are passed through further
channels in the multichannel heat exchanger. As an alterna-
tive to pre-cooling the HP synthesis gas stream against an
external refrigerant in a heat exchanger of the compression
system, it is envisaged that one or more external refrigerant
streams may be passed through yet further channels in the
multichannel heat exchanger thereby providing additional
cooling duty for the HP synthesis gas stream. Preferably, the
HP synthesis gas stream is passed in a counter-current direc-
tion through the multichannel heat exchanger to the internal
refrigerant stream(s) and optional external refrigerant
stream(s).

Alternatively, the heat exchanger system may comprise a
plurality of stand-alone or individual heat exchangers
arranged in series wherein the heat exchangers of the series
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are operated at successively lower temperatures. Thus, the HP
synthesis gas stream is cooled as it is passed through the series
of'heat exchangers by heat exchange with a plurality of inter-
nal refrigerant streams that are fed to the first and successive
heat exchangers of the series at successively lower tempera-
tures. It is also envisaged that the heat exchanger system may
comprise a multichannel heat exchanger and one or more
stand-alone heat exchangers with the stand-alone heat
exchanger(s) arranged upstream and/or downstream of the
multichannel heat exchanger. It is preferred that the HP syn-
thesis gas stream is passed through the stand-alone heat
exchanger(s) in a counter-current direction to the internal
refrigerant stream(s) that are fed to the stand-alone heat
exchanger(s).

The multichannel heat exchanger of the compression sys-
tem may be of the type employed in processes for generating
liquefied natural gas such as a brazed aluminium plate-fin
heat exchanger or a diffusion-bonded heat exchanger. Alter-
natively, the multichannel heat exchanger may be a multiple
body shell and tube heat exchanger comprising either (a) a
tube arranged in the shell of the heat exchanger wherein the
shell of the heat exchanger comprises a plurality of compart-
ments and wherein the HP synthesis gas stream is passed
through the tube and an internal refrigerant stream is passed
through each compartment of the shell in heat exchange rela-
tionship with the HP synthesis gas that is flowing through the
tube; or (b) a plurality of tubes arranged in the shell of the heat
exchanger wherein the shell comprises a single compartment
and the HP synthesis gas is passed through the compartment
and an internal refrigerant stream is passed through each of
the tubes in heat exchange relationship with the HP synthesis
gas that is flowing through the single compartment of the
shell. Accordingly, the term “channel” encompasses the
channels formed between the plates of a brazed aluminium
plate-fin heat exchanger or a diffusion-bonded heat
exchanger and also the compartment(s) and tube(s) of a mul-
tiple body shell and tube heat exchanger.

The stand-alone heat exchanger(s) of the compression sys-
tem may be of the shell and tube type (single body shell and
tube heat exchanger(s)) with the HP synthesis gas stream
passing through the tube side and an internal refrigerant
stream passing through the shell side of the heat exchanger or
vice versa. However, a process that employs stand-alone heat
exchangers to pre-cool the HP synthesis gas stream will be of
reduced efficiency compared with a process that employs a
multichannel heat exchanger, in whole or in part, to cool the
HP synthesis gas stream in step (B) of the present invention.

The cooled HP synthesis gas stream from the heat
exchanger system is a two phase stream comprised of a liquid
phase and vapour phase. There is a limit on the temperature to
which the HP synthesis gas stream may be cooled in the heat
exchanger system as the temperature must be maintained
above a value where solid CO, will form. This typically
occurs at a temperature of -56° C. (the triple point for pure
CO, s at 5.18 bar and at a temperature of —-56.4° C.) although
the presence of H, may depress this freezing point. The
amount of cooling that is achieved in the heat exchanger
system owing to heat exchange with the plurality of internal
refrigerant streams will be dependent upon the amount of
cooling of the isentropically expanded hydrogen rich vapour
streams that is achieved in the turboexpansion system which,
in turn, is dependent on the pressure of the HP hydrogen rich
vapour stream that is formed in step (C) and the pressure of
the H, rich vapour stream that exits the final turboexpander of
the turboexpansion system in step (D). The amount of elec-
tricity generated by the turboexpanders of the turboexpansion
system will also be dependent on the extent to which the
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hydrogen rich vapour is subjected to isentropic expansion in
the turboexpansion system which is also dependent on the
pressure of the H, rich vapour stream formed in step (C) and
the pressure of the H, rich vapour stream that exits the final
turboexpander of the turboexpansion system in step (D).

The cooled synthesis gas stream from the heat exchanger
system may be passed directly to a gas-liquid separator vessel
that is preferably operated at substantially the same pressure
as the heat exchanger system. Thus, the pressure drop across
the separator vessel is typically in the range of 0.1 to 5 bar,
preferably, 0.1 to 1 bar, in particular, 0.1 to 0.5 bar. Accord-
ingly, a HP hydrogen rich vapour phase is withdrawn from at
or near the top of the gas-liquid separator vessel and is passed
to the turboexpander system while a HP liquid CO, stream
containing dissolved H,S impurities is withdrawn from at or
near the bottom of the gas-liquid separator vessel.

Where relatively high carbon capture levels are desired, for
example, greater than 90%, preferably, greater than 95% CO,
capture from the synthesis gas feed stream (based on the
molar composition of the synthesis gas feed stream), and
insufficient cooling of the HP synthesis gas has been achieved
in the compression system and heat exchanger system, the
cooled HP synthesis gas that exits the heat exchanger system
may be passed to a cryogenic separation system of the CO,
condensation plant wherein the cryogenic separation system
comprises at least one cryogenic separation stage. The cryo-
genic separation stage(s) comprises a heat exchanger that
employs an external refrigerant and a gas-liquid separator
vessel. The cryogenic separation system is operated without
any substantial reduction in pressure across the cryogenic
separation stage(s). Where the cryogenic separation system
comprises a single cryogenic separation stage, a HP hydrogen
rich vapour stream and a HP liquid CO, stream containing
dissolved H,S impurities are formed by: (i) passing the
cooled HP synthesis gas that exits the heat exchanger system
through the heat exchanger of the single cryogenic separation
stage where it is cooled against an external refrigerant, (ii)
passing the resulting cooled HP stream to the separator vessel
of the single cryogenic separation stage where a H, rich
vapour phase separates from a liquid CO, phase containing
dissolved H,S impurities, and (iii) withdrawing a HP hydro-
gen rich vapour stream and a HP liquid CO, stream contain-
ing dissolved H,S impurities from the separator vessel of the
single cryogenic separation stage. Where the desired carbon
dioxide capture level cannot be achieved using a single cryo-
genic separation stage, a HP hydrogen rich vapour stream and
a plurality of HP liquid CO, streams containing dissolved
H,S impurities are formed by: (i) passing the cooled HP
synthesis gas that exits the heat exchanger system through the
first heat exchanger of a multistage cryogenic separation sys-
tem where it is cooled against an external refrigerant, (ii)
passing the resulting cooled HP stream to the separator vessel
of'the first cryogenic separation stage where a H, rich vapour
phase separates from a liquid CO, phase containing dissolved
H,S impurities, (iii) withdrawing a HP hydrogen rich vapour
stream and a HP liquid CO, stream containing dissolved H,S
impurities from the separator vessel of the first cryogenic
separation stage, (iv) passing the HP hydrogen rich vapour
stream through the heat exchanger of a further cryogenic
separation stage where it is cooled against a further external
refrigerant to below its dew point thereby forming a cooled
two phase stream, (v) passing the cooled two phase stream to
the separator vessel of the further cryogenic separation stage
where a hydrogen rich vapour phase separates from a liquid
CO, phase containing dissolved H,S impurities, and (vi)
withdrawing a HP hydrogen rich vapour stream and a HP
liquid CO, stream containing dissolved H,S impurities from
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the separator vessel of the further separation stage and (vii) if
necessary, repeating steps (iv) to (vi) by passing the HP
hydrogen rich vapour stream through one or more further
cryogenic separation stages until the desired CO, capture has
been achieved. Accordingly, the HP hydrogen rich vapour
stream is removed from the gas-liquid separation vessel of the
final cryogenic separation stage of the series.

Where the HP synthesis gas stream is cooled in the heat
exchanger system to atemperature in the range of =30 to —40°
C., for example, about -37° C., the cryogenic separation
system may comprise a single cryogenic separation stage
having an operating temperature in the range of —40 to -55°
C., preferably, —45 to =50° C. Where the HP synthesis gas
stream exits the heat exchanger system is at a higher tempera-
ture, for example, a temperature in the range of —15 to greater
than -30° C., the cryogenic separation system may comprise
aplurality of cryogenic separation stages that are arranged in
series with the separator vessels of the cryogenic separation
stages operated at successively lower temperatures. The oper-
ating temperature of each cryogenic separation stage will
depend on the temperature to which the HP synthesis gas
stream has been cooled in the heat exchanger system, the
number of cryogenic separation stages and the desired carbon
dioxide capture level. There is a limit on the lowest tempera-
ture in the final cryogenic separation stage, as the temperature
must be maintained above a value where solid CO, will form
(see above). Generally, the final cryogenic separation stage is
operated at a temperature in the range of —40 to -55° C.,
preferably, —45 to -50° C.

Suitable external refrigerants that may be used as refriger-
ant in the heat exchanger(s) of the cryogenic separation
stages(s) include propanes, ethane, ethylene, ammonia,
hydrochlorofluorocarbons (HCFC’s) and mixed refrigerants.
Typical mixed refrigerants comprise at least two refrigerants
selected from the group consisting of butanes, propanes,
ethane, and ethylene. These refrigerants may be cooled to the
desired refrigeration temperature in external refrigerant cir-
cuits using any method known to the person skilled in the art
including methods known in the production of liquefied natu-
ral gas. These refrigerants may also be cooled to the desired
refrigeration temperature by heat exchange with one or more
cold isentropically expanded H, rich vapour streams from the
turboexpanders of the turboexpansion system. The external
refrigerant for the cryogenic separation stage is selected so as
to achieve the desired operating temperature. For example,
propane may be used as refrigerant when the feed temperature
of'the HP synthesis gas stream is in the range of —15 to greater
than -30° C. and the desired operating temperature of the
cryogenic separation stage is in the range of -20 to greater
than -30° C. while ethane and/or ethylene may be used as
external refrigerant when the feed temperature of the HP
synthesis gas stream is in the range of -30 to —40° C. and the
desired operating temperature for the cryogenic separation
stage is in the range of =40 to —55° C., preferably, -45 to -50°
C.

As discussed above, the cryogenic separation system is
operated with minimal pressure drop across the cryogenic
separation stage or stages of the system. Typically, the pres-
sure drop across the cryogenic separation system is in the
range of 1 to 5 bar, preferably, 1 to 3 bar, in particular, 1 to 2
bar. Thus, where there are a plurality of cryogenic separation
stages, these may be operated at substantially the same pres-
sure. However, higher pressure drops across the cryogenic
separation system may be tolerated, for example, pressure
drops in the range of 5 to 20 bar, preferably 5 to 10 bar.

Inone embodiment prior to being fed to the turboexpansion
system, the HP H, rich vapour stream formed in step (C) is
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used to cool the HP synthesis gas stream in step (B) by
passing the cold HP H, rich vapour stream through a further
channel in the multichannel heat exchanger (or through a
stand-alone heat exchanger) in heat exchange relationship
with the HP synthesis gas stream. Alternatively the HP H, rich
vapour stream may be used as coolant for the heat
exchanger(s) of the compression system.

In a another preferred embodiment the HP H, rich vapour
stream is fed to a CO, absorber in which it is contacted with
a solvent which absorbs any residual CO, and H,S contained
therein. The treated HP H, rich vapour stream is thereafter
either fed to the turboexpansion system directly or via the
multichannel heat exchanger described above. Finally the
CO, absorber described above can advantageously be inte-
grated with the H,S absorber through use of a shared solvent
which allows the extracted CO, to be combined with that
previously separated. Solvent extraction is typically effected
at the H, rich vapour streams delivery pressure and a low
temperature e.g. —20 to =75° C. using a methanol or glycol
ether solvent (see below).

The HP H, rich vapour stream that is fed to the turboex-
pansion system is at elevated pressure. Accordingly, the H,
rich vapour stream is reduced in pressure to the desired exit
pressure by being passed through the series of turboexpand-
ers of the expansion system. The expansion energy recovered
from the H, rich vapour streams in the turboexpanders can be
used to drive an electric turbine or can be used to directly drive
the compressors of the compressor system. As discussed
above, isentropic expansion of the H, rich vapour stream
results in significant cooling. Where one or more, preferably
all, of the cold isentropically expanded hydrogen rich vapour
streams that are withdrawn from the turboexpanders of the
turboexpansion system are used to cool the HP synthesis gas
stream in step (B), the operating pressures of the turboex-
panders are set to optimise the expander efficiency and to
ensure the discharge temperatures for the expanded H, rich
vapour streams do not fall below -56° C. (the freezing point
of CO,). Typically, the discharge temperatures of the
expanded streams are in the range of -15° C. to -50° C.,
preferably, —20° C. to -=50° C., in particular, =30 to -50° C.
However, it is also envisaged that one or more of the cold
isentropically expanded hydrogen rich vapour streams may
be used as an internal refrigerant for a different purpose, for
example, to cool an external refrigerant (such as propane or
ethane) that is employed in the process or to cool a non-
isentropically expanded H, rich vapour stream so that it can
be used as internal refrigerant in the process of the present
invention. As there is no risk of forming solidified CO, when
an internal refrigerant is used for these purposes, the dis-
charge temperature of the expanded stream may be below
-55°C.

Where the HP synthesis gas stream that exits the heat
exchanger system is either passed directly to a gas-liquid
separator vessel or is passed to a cryogenic separation system
that comprises a single cryogenic separation stage, a single
liquid CO, stream containing dissolved H,S impurities is
obtained. Likewise, where the HP synthesis gas stream that
exits the heat exchanger system is passed to a cryogenic
separation system that employs a plurality of cryogenic sepa-
ration stages, a separate liquid CO, stream containing dis-
solved H,S impurities will be obtained from each cryogenic
separation stage. Preferably, the liquid CO, streams contain-
ing dissolved H,S impurities from the plurality of cryogenic
separation stages are combined to form a combined liquid
CO, stream containing dissolved H,S impurities.

In step (E) of the process, the liquid CO, stream or com-
bined liquid CO, stream containing dissolved H,S impurities
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is next fed to an evaporator/condenser through expander
where it is returned to gaseous form by expansion and heat-
ing. Preferably before doing so it is used as internal refriger-
ant in the heat exchanger system thereby providing further
cooling for the HP synthesis gas feed stream in step (B). The
evaporator/condenser used is suitably one which allows the
liquid CO, stream containing dissolved H,S to vaporise and
warm though heating. At the same time the cooling effect
generated by such evaporation is used to cool and re-con-
dense purified gaseous CO, returning from the H,S absorber.

The gaseous mixture of CO, and H,S is next fed to an H,S
absorber preferably to the base of a tower absorber where it is
contacted, suitably counter-currently, with a solvent which
selectively absorbs the H,S. Solvent extraction processes for
effecting this separation are well known in the art and include
the Rectisol™ and Selexol™ processes which respectively
use refrigerated methanol and a refrigerated mixture of dim-
ethyl ethers of polyethylene glycol as the absorbent. Extrac-
tion is typically carried out at elevated pressure e.g. greater
than 10 barg and low temperature e.g. =20 to =75° C. The
purified CO, is then removed overhead from the absorption
tower and retuned to the evaporator/condenser where it is
re-condensed by the cooling effect generated by the vapori-
sation of the impure liquid CO, feed. The liquid so produced
can then be scrubbed for a final time to yield pure liquid CO,
for export offsite. As regards the contaminated solvent pro-
duced in the H,S absorber, this is removed from the base of
the absorber and optionally treated in a stripper column to
remove a gaseous H,S stream for disposal and regenerate
uncontaminated solvent which can be recycled. Optionally a
CO, absorber can be inserted between the absorber and the
stripper column to recover any CO, in the hydrogen-rich
vapour stream. In this embodiment the hydrogen-rich vapour
stream exiting the gas-liquid separator is treated before being
passed though the turboexpanders. The gaseous H,S stream
recovered from the stripper can be treated by for example the
Claus Process to recover elemental sulphur.

The liquid CO, product stream that is exported from the
process of the present invention preferably comprises at least
95 mole % CO,, in particular, at least 98 mole % CO,, the
remainder being mostly hydrogen with some inerts, for
example, nitrogen and/or CO. Where the liquid CO, product
stream is sequestered, it is typically delivered to a pipeline
that transfers the liquid CO, product stream to a reception
facility of an oil field where the liquid CO, product stream
may be used as an injection fluid for an oil reservoir. If
necessary, the liquid CO, product stream is pumped to above
the pressure of the oil reservoir before being injected down an
injection well and into the oil reservoir. The injected CO,
displaces the hydrocarbons contained in the reservoir rock
towards a production well for enhanced recovery of hydro-
carbons therefrom. If any carbon dioxide is produced from
the production well together with the hydrocarbons, the car-
bon dioxide may be separated from the hydrocarbons for
re-injection into the oil reservoir. It is also envisaged that the
liquid CO, product stream may be sequestered by being
injected into an aquifer or a depleted oil or gas reservoir for
storage therein.

Typically, the amount of CO, contained in the H, rich
vapour stream that is obtained from the CO, condensation
plant is less than 10 mole % CO.,, preferably, less than 5 mole
% CO,, more preferably, less than 2 mole % CO,, in particu-
lar, less than 1 mole % CO,. The H, rich vapour stream may
comprise trace amounts of carbon monoxide (CO) and meth-
ane, for example, less than 500 ppm on a molar basis. The
remainder of the hydrogen rich vapour stream that is obtained
from the CO, condensation plant is hydrogen.
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As discussed above, the H, rich vapour stream obtained
from the CO, condensation plant may be used as fuel foralow
pressure burner of a fired heater, or as fuel for a reformer or
boiler or as a refinery feed stream for upgrading of one or
more refinery streams or as a feed to a chemical process.
However, it is preferred to use the H, rich vapour stream as a
fuel gas stream for the combustor of at least one gas turbine of
a power plant thereby producing electricity. As discussed
above, an advantage of the present invention is that the fuel
gas stream may be obtained at above the minimum inlet
pressure for the combustor(s) of the gas turbine(s). Typically,
the feed pressure for the fuel gas stream (inlet pressure for the
combustor of the gas turbine(s)) is in the range of 25 to 45
barg, preferably, 28 to 40 barg, in particular, 30 to 35 barg.
Typically, the combustor of the gas turbine(s) is operated at a
pressure of 15 to 20 bar absolute. Accordingly, there is no
requirement for a compressor to compress the fuel gas stream
to the inlet pressure for the combustor(s) of the gas turbine(s).
Preferably, the H, rich vapour stream is diluted with medium
pressure nitrogen and/or medium pressure steam prior to
being fed as fuel gas to the combustor(s) of the gas turbine(s).
Accordingly, the fuel gas stream that is fed to the
combustor(s) of the gas turbine(s) preferably contains 35 to
65 mole % hydrogen, more preferably, 45 to 60 mole %
hydrogen, for example, 48 to 52 mole % of hydrogen.

It has been found that the expansion energy recovered from
the H, rich vapour streams in the turboexpanders of the tur-
boexpansion system (when the fuel gas stream is obtained at
a pressure of about 30 barg) can reduce the net power con-
sumption of the separation process to less than 30 MW, pref-
erably, less than 25 MW, in particular less than 23 MW when
processing 28,000 kmol/hour of synthesis gas containing 56
mol % hydrogen and 43 mol % CO,. The net power consump-
tion is defined as: [power consumption in the compression
system+power consumption in the external refrigerant com-
pression system (if used)]-power generated in the turboex-
pansion system].

The exhaust gas from the gas turbine(s) of the power plant
is passed to a heat recovery and steam generator unit (HRSG)
where the exhaust gas may be heat exchanged with various
process streams. Optionally, the temperature of the exhaust
gas of the gas turbine is increased by providing the HRSG
with a post-firing system, for example, a post-firing burner.
Suitably, the post-firing burner is fed with a portion of the
hydrogen fuel stream and the hydrogen fuel stream is com-
busted in the burner using residual oxygen contained in the
exhaust gas. Suitably, the exhaust gas is raised in temperature
in the post-firing system to a temperature in the range of 500
to 800° C.

Typically, the HRSG generates and superheats steam for
use in at least one steam turbine and/or in a process for
generating the synthesis gas and/or for diluting the fuel gas
stream. Typically, the HRSG is capable of generating high
pressure (HP) steam, medium pressure (MP) steam and low
pressure (LP) steam and of superheating these steam streams.
The HRSG may also be capable of reheating MP steam that is
produced as an exhaust stream from the high pressure stage of
a multistage steam turbine. In addition, the HRSG may be
used to heat boiler feed water (for example, boiler feed water
that is fed to the waste heat boiler of a shift converter unit).

The cooled exhaust gas is discharged from the HRSG to the
atmosphere through a stack. Preferably, the stack is provided
with a continuous emission monitoring system for monitor-
ing, for example, the NO content of the cooled exhaust gas.

In a further embodiment of the present invention there is
provided a carbon dioxide condensation plant for separating
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carbon dioxide and a hydrogen from a synthesis gas stream

containing H,S impurities, the plant comprising:

(a) means for providing a synthesis gas feed stream contain-
ing H,S impurities;

(b) a compression system for compressing the synthesis gas
feed stream to a pressure in the range of 80 to 400 barg, for
example 150 to 400 barg;

(c) a heat exchanger system for cooling the compressed syn-
thesis gas stream to a temperature in the range of —15 to
-55° C. against a plurality of internal refrigerant streams
thereby partially condensing the compressed synthesis gas
stream;

(d) a gas-liquid separator vessel for separating the partially
condensed compressed synthesis gas stream into a hydro-
gen rich vapour stream and liquid CO, stream containing
dissolved H,S with minimal pressure drop across the gas-
liquid separator vessel;

(e) aturboexpander system comprising a plurality of turboex-
panders arranged in series for expanding the separated
hydrogen rich vapour stream to successively lower pres-
sures wherein the turboexpander system is adapted to pro-
duce a hydrogen rich vapour stream from the final turboex-
pander in the series at a pressure at or above the minimum
fuel gas feed pressure to the combustor of at least one gas
turbine of a power plant and wherein each turboexpander in
the series is adapted to provide a hydrogen rich vapour
stream that is used as an internal refrigerant stream for the
heat exchanger system and

(f) an H,S recovery unit for removing H,S dissolved in the
liquid CO, stream comprising an evaporator/condenser for
evaporating and re-condensing liquid CO, and an H,S
absorber adapted to remove H,S from gaseous CO, by
means of solvent extraction.

As discussed above, the CO, condensation plant may
optionally comprise a valve for letting down the pressure of
the separated liquid CO, stream to the CO, export pressure.
Accordingly, the CO, condensation plant optionally com-
prises a flash separation vessel for separating any hydrogen
rich vapour from the reduced pressure liquid CO, stream.

Also, as discussed above, the CO, condensation plant may
optionally comprise a cryogenic separation system compris-
ing at least one cryogenic separation stage that is comprised
of'a heat exchanger that employs an external refrigerant and a
gas-liquid separator vessel with the cryogenic separation sys-
tem being operated with minimal pressure drop across the
cryogenic separation stage or stages of the system. Accord-
ingly, the gas-liquid separator vessel for separating the par-
tially condensed compressed synthesis gas stream into a
hydrogen rich vapour stream and liquid CO, stream is either
the gas-liquid separator vessel of a single cryogenic separa-
tion stage or is the final gas-liquid separator vessel of a plu-
rality of cryogenic separator vessels that are arranged in
series. Where the cryogenic separation system comprises a
plurality of separation stages, a liquid CO, stream will be
withdrawn from the final cryogenic separation stages and
additional liquid CO, streams will be withdrawn from each of
the gas-liquid separator vessels of the preceding cryogenic
separation stages of the series.

According to a further aspect of the invention there is
provided a process for separating a gas stream containing
hydrogen sulfide (H,S) impurities into a hydrogen (H,) rich
vapour stream, a carbon dioxide (CO,) stream and an H,S
rich vapour stream in an apparatus that comprises a compres-
sion and/or cooling system comprising at least one compres-
sor and/or heat exchanger and a gas-liquid separator vessel,
and an H,S recovery unit the process comprising the steps of:
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(a) feeding the gas stream to the compression and/or cooling
system such that carbon dioxide in the gas stream condenses
to form a two-phase stream;

(b) passing the two-phase stream either directly or indirectly
to a gas-liquid separator vessel and withdrawing a hydrogen
rich vapour stream and a liquid CO, stream containing dis-
solved H,S impurities from the separator vessel;

(¢) passing the liquid CO, stream containing dissolved H,S
impurities to an H,S recovery unit comprising an evaporator/
condenser in which the CO, and H,S are vaporised and an
H,S absorber in which the gaseous H,S and CO, are sepa-
rated.

wherein the two phase stream passed to the separator is at a
pressure of from 80 bar to 400 bar, and preferably the pressure
of the H2S recovery unit is at least 30 bar.

In some applications, high pressure hydrogen rich gas may
be a desirable product and the expanders might not be used.

In some examples it is preferred that the pressure of the
gas-liquid separator is between 150 bar and 400 bar.

Preferably at least 50% of the carbon dioxide is separated
from the mixture in step (b).

The H2S recovery unit may be at a pressure of at least 50
bar, for example 50 to 70 bar.

Preferably the process includes separating further carbon
dioxide from the hydrogen rich vapour stream using a physi-
cal solvent system wherein the solvent system is at a pressure
ofatleast 60 bar. The pressure of the CO2 solvent system may
be between 80 bar and 400 bar.

Preferably the CO2 solvent system and the H2S recovery
unit share common solvent.

The process may further include the step of feeding at least
a part of the liquid carbon dioxide stream from the separator
to a heat exchanger for exchanging heat within the system.
Thus the carbon dioxide liquid stream may be used as an
indirect refrigerant within the system, for example exchang-
ing heat with another process stream of the system.

Preferably the carbon dioxide at least partly evaporates at
or upstream of the heat exchanger. By evaporation of the
carbon dioxide, additional cooling can be provided within the
system. For example the carbon dioxide stream may be
flashed, for example across a valve, upstream of or at a heat
exchanger. In other arrangements the carbon dioxide may be
used as a coolant in liquid form. This feature of use of the
carbon dioxide stream as an internal coolant may be provided
as a part of any of the examples described herein and may be
provided in relation to any one of the aspects herein. At least
apart, or all, of the liquid carbon dioxide stream may be used
as an internal coolant.

The process may include the step of feeding the hydrogen
rich vapour stream from the separator to an expander system
wherein the hydrogen rich vapour stream is expanded, the
expander system including at least one heat exchanger for
exchanging heat within the system and at least one expander
capable of recovering mechanical work.

An aspect of the invention also provides an apparatus for
separating a gas stream containing hydrogen sulfide (H,S)
into a hydrogen (H,) rich vapour stream, a carbon dioxide
(CO,) stream and an H,S rich vapour stream, the apparatus
including

a compression and/or cooling system comprising at least
one compressor and/or heat exchanger arranged for cooling
the gas stream such that carbon dioxide in the gas stream
condenses to form a two-phase stream;

a gas-liquid separator vessel arranged downstream of the
compression and/or cooling system for separating the two-
phase stream into a hydrogen rich vapour stream and a liquid
CO, stream containing dissolved H,S impurities;
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an H,S recovery unit downstream of the separator, com-
prising an evaporator/condenser for vaporizing CO, and H,S
and an H,S absorber for separating the H,S and CO,
wherein the apparatus is such that the two phase stream is
passed to the separator at a pressure of from 80 bar to 400 bar,
and the pressure of the H2S recovery unit is at least 30 bar.

Each feature of the invention described herein may be
provided independently or in any appropriate combination. In
particular, features described herein in relation to one aspect
of'the invention may be provided in other aspects. Features of
method aspects may be applied to apparatus aspects.

The process and apparatus of the present invention will
now be illustrated by reference to FIG. 1.

FIG. 1 shows a detailed process flow diagram for a first
embodiment of the process and CO, condensation plant of the
present invention. A dry synthesis gas stream containing H,S
impurities 1 is fed at a pressure of 60 barg and a temperature
of 40° C. to a compression system comprising a first low
pressure (LP) compressor C1, a second low pressure (LP)
compressor C2, a first high pressure (HP) compressor C3 and
a second HP compressor C4 that are arranged in series (i.e.
four stages of compression). The first and second LP com-
pressors, C1 and C2 respectively, are arranged on a common
drive shaft. Similarly, the first and second HP compressors,
C3 and C4 respectively, are arranged on a common drive
shaft.

The low pressure synthesis gas stream 1D that exits the first
LP compressor C1 is at a pressure of 94 bar and a temperature
01'84.62° C., the increase in temperature arising from heat of
compression. Stream 1D is then cooled in heat exchanger E1
against a cold stream (for example, water or air) and is passed
to the second LP compressor C2 thereby generating a second
LP synthesis gas stream 2D having a pressure of 147.0 bar and
a temperature of 84.21° C. Stream 2D is then cooled in heat
exchanger E2 against a cold stream (for example, water or air)
and is passed to the first high pressure (HP) compressor C3
thereby generating a first high pressure stream 3D having a
pressure of 230.0 barg and a temperature of 83.56° C. Stream
3D is then cooled in heat exchanger E3 against a cold stream
(for example, water or air) and is passed to the second HP
compressor C4 thereby forming a second HP synthesis gas
stream 4D having a pressure of 360.0 barg and a temperature
01'82.25° C. Stream 4D is then cooled in heat exchanger E4
against a cold stream (for example, water or air) thereby
generating HP synthesis gas stream S1 having a temperature
of'about 40° C. The person skilled in the art would understand
that the number of compression stages has been optimised to
minimise power consumption and that compression from 60
to 360 barg could also have been achieved using two or three
compression stages. The person skilled in the art would also
understand that the pressure of the synthesis gas exiting each
compression stage can be varied. However, the discharge
pressure from the final stage of compression determines the
amount of carbon dioxide that is captured from the synthesis
gas stream. The person skilled in the art will also understand
that the HP synthesis gas may be cooled in heat exchanger F4
against an external refrigerant, for example, propane, propy-
lene or ammonia, to a temperature in the range of 0 to —30° C.
thereby reducing the cooling duty for the multichannel heat
exchanger LNG-100.

HP synthesis gas stream S1 is then passed through multi-
channel heat exchanger LNG-100 where it is cooled against a
plurality of cold process stream (see below) thereby generat-
ing a cooled HP synthesis gas stream S2 having a pressure of
358.5 bar and a temperature of —=21.33° C. (where stream S1
has a temperature of about 40° C.).
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Stream S2 is passed directly to gas-liquid separator vessel
F360 where a hydrogen rich vapour phase separates from a
liquid CO, phase. Accordingly, a hydrogen rich vapour
stream S2V is removed overhead from separator vessel F360
and fed via line 23 to a CO, absorber unit A3. In A3 the
hydrogen rich vapour is contacted countercurrently with lig-
uid methanol delivered via line 25 at a temperature of -40° C.
in order to remove any residual CO, and H,S contained
therein. After contact the methanol now rich is n.CO, is
removed from A3 and fed to the H,S absorber A1 via line 18
(see below). The treated hydrogen-rich vapour is removed
from A3 via line 1N and then routed to expander EX1 where
it is expanded to lower pressure. The person skilled in the art
would understand that isentropic expansion of the vapour
stream results in cooling. Accordingly, stream 1T exits the
expander EX1 at a pressure 0of 205.0 barg and a temperature of
-26.25° C. and is routed through multichannel heat
exchanger LNG-100 where it is heat exchanged with HP
synthesis gas stream S1 thereby cooling the HP synthesis gas
stream S1. H, rich vapour stream 2N exits the multichannel
heat exchanger LNG-100 and is passed to expander EX2
where the vapour stream is expanded to lower pressure. H,
rich vapour stream 2T exits the expander at a pressure of
112.0 barg and a temperature of -26.01° C. and is passed to
manifold M1. A liquid CO, stream S21. is withdrawn from the
bottom of separator vessel F360 and is flashed across valve
VLV-109 thereby generating a further two phase stream 18
that is passed to flash vessel F150. H, rich vapour stream
S2LV that is withdrawn from the top of flash vessel F150 is
routed to manifold M1 where is it combined with H, rich
vapour stream 27T to form combined vapour stream 2TM.
Vapour stream 2TM is then passed through multichannel heat
exchanger LNG-100 thereby cooling HP synthesis gas stream
S1. H, rich vapour stream 3N that exits the multichannel heat
exchanger LNG-100 is then passed to expander EX3 where it
is expanded to lower pressure. Vapour stream 3T exits
expander EX3 at a pressure of 65.0 barg and a temperature of
-24.56° C. and is passed through multichannel heat
exchanger LNG-100 thereby cooling HP synthesis gas stream
S1. H, rich vapour stream 4N is then passed to expander EX4
where it is expanded to lower pressure. H, rich vapour stream
4T exits expander EX4 at a pressure of 31.0 barg and a
temperature of —24.59° C. and is passed through multichan-
nel heat exchanger LNG-100 thereby cooling HP synthesis
gas stream S1. The final H, rich vapour stream that exits the
multichannel heat exchanger LNG-100 via line 29 has a pres-
sure of 30.5 barg and a temperature of 37.00° C. This vapour
stream comprises 88.42 mole % H, and 9.30 mole % CO, and,
after dilution with medium pressure N, and/or medium pres-
sure steam, may be passed as hydrogen fuel gas to the com-
bustor(s) of the gas turbine(s) of a Power Island (not shown).
The person skilled in the art will understand that the number
of'expanders can be increased or decreased (minimum of two
expanders). The person skilled in the art will also understand
that the operating pressure and temperature of the expanders
can also be varied provided that the vapour stream that exits
the multichannel heat exchanger has a pressure of at least 30
barg. The expanders EX1, EX2, EX3 and EX4 may be con-
nected to electric motors to recover energy and the electricity
may be either used in the process or is exported from the
process. Alternatively, the expanders may be directly coupled
to the compressors, for example, by mounting the expanders
and compressors on a common shaft so that the isentropic
expansion of the hydrogen rich vapour in the expanders is
used to turn the common shaft and to drive the compressors.
Accordingly, the net power consumption for the flow scheme
of FIG. 1 is 22.94 MW. An advantage of the flow scheme of
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FIG. 1 is that the H, fuel gas stream that exits LNG-100 is
above the operating pressure of the combustor(s) of the gas
turbine(s) of the Power Island thereby allowing the omission
of'a hydrogen compressor.

A liquid CO, stream containing H,S impurities S2LL is
withdrawn from the bottom of flash vessel F150 and passed
through multichannel heat exchanger LNG-100 where it is
used to cool HP synthesis gas stream S1. This stream exits the
multichannel heat exchanger LNG-100 at a temperature of
24° C. and a pressure of 149.5 barg via line 14 and is fed to
evaporator/condenser E5 through expander EX5 where it is
subject to expansion and vaporisation. Depending on the cold
heat requirement of LNG100, this EX5 may be located prior
to LNG100 in line S2LL for higher cooling effect in LNG100.

The gaseous mixture of CO, and H,S so produced leaves
ES ata pressure of around 50 barg and is fed vialine 15to H,S
absorber Al where it is countercurrently contacted with lig-
uid methanol at a temperature of around -40° C. The liquid
methanol which is supplied to Al via line 18 is rich in CO,
and originates from the CO, absorber A3 (see above). In Al
the CO, rich methanol solvent discharges its CO, into the
bulk of the CO, which is being treated. Via line 16 a stream of
purified CO, is removed from A1 and returned to E5 where it
is cooled and liquefied though heat exchange with the con-
tents of line 14 which are being evaporated. The spent metha-
nol solvent (rich in H,S) is removed from A1 via line 27 and
fed to separator A4 where any final amounts of CO, are
removed overhead and recycled to Al vialine 28. The remain-
ing spent methanol solvent is then fed via line 26 to the head
of a stripper column A2 in which the H,S and the methanol
are separated. An H,S rich gas stream is then removed over-
head via line 20 for optional further treatment e.g. in a Claus
Plant. Lean methanol is then returned to A3 via line 25. A2 is
provided with a reboiler serviced by lines 21 and 22 to main-
tain the methanol at the correct temperature.

The invention claimed is:

1. A process for separating a synthesis gas stream contain-
ing hydrogen sulfide (H,S) impurities into a hydrogen (H,)
rich vapor stream (34) and a liquid carbon dioxide (CO,)
stream in a CO, condensation plant that comprises (a) acom-
pression system comprising at least one compressor, (b) a
heat exchanger system, (c) a gas-liquid separator vessel, (d) a
turboexpansion system comprising a plurality of turboex-
panders arranged in series and (e) an H,S recovery unit the
process comprising the steps of:

(A) feeding the synthesis gas stream at a pressure in the

range of 10 to 60 barg to the compression system of the
CO, condensation plant such that the synthesis gas is
increased in pressure to a pressure in the range of 150 to
400 barg and cooling the resulting high pressure (HP)
synthesis gas stream against an external coolant and
optionally an external refrigerant to remove at least part
of the heat of compression;

(B) cooling the HP synthesis gas stream formed in step (A)
to a temperature in the range of -15 to -55° C. by
passing the HP synthesis gas stream through the heat
exchanger system in heat exchange relationship with a
plurality of internal refrigerant streams wherein the
internal refrigerant streams are selected from the group
consisting of cold hydrogen rich vapour streams and
liquid CO, streams;

(C) passing the cooled HP synthesis gas stream formed in
step (B) to a gas-liquid separator vessel that is operated
at the same pressure as the heat exchanger system and
withdrawing a high pressure (HP) hydrogen rich vapor
stream from at or near the top of the separator vessel and
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a high pressure (HP) liquid CO, stream containing dis-
solved H,S impurities from at or near the bottom of the
separator vessel,

(D) feeding the HP hydrogen rich vapor stream from step
(C) to the turboexpansion system wherein the HP hydro-
gen rich vapor stream is subjected to isentropic expan-
sion in each of the turboexpanders of the series such that
hydrogen rich vapor streams are withdrawn from the
turboexpanders of the series at reduced temperature and
at successively reduced pressures and wherein isen-
tropic expansion of the HP hydrogen rich vapor in each
of the turboexpanders of the series is used to drive a
compressor of the compression system and/or to drive a
turbine of an electric generator and

(E) passing the HP liquid CO, stream containing dissolved
H,S impurities from step (C) to an H,S recovery unit
comprising an evaporator/condenser in which the HP
liquid CO, stream containing dissolved H,S impurities
is vaporized and wherein purified CO, is condensed and
an H,S absorber in which the gaseous H,S and CO, are
separated to form purified gaseous CO,.

2. A process as claimed in claim 1, wherein at least 50% of
the carbon dioxide is separated from the cooled HP synthesis
gas stream in step (C).

3. A process according to claim 1, wherein the H2S recov-
ery unit is at a pressure of from 50 bar.

4. A process as claimed in claim 1, wherein the pressure
drop across the heat exchanger system in step (B) is less than
1.5 bar.

5. A process as claimed in claim 1, wherein the heat
exchanger system comprises a multichannel heat exchanger
and the HP synthesis gas stream is passed through a channel
in the multichannel heat exchanger in heat exchange relation-
ship with a plurality of internal refrigerant streams that are
passed through further channels in the multichannel heat
exchanger.

6. A process as claimed claim 1, wherein the heat
exchanger system comprises a plurality of stand-alone heat
exchangers arranged in series and the HP synthesis gas stream
is cooled in step (B) as it is passed through the heat exchang-
ers of the series by heat exchange with a plurality of internal
refrigerant streams that are fed to the first and successive heat
exchangers of the series at successively lower temperatures.

7. A process as claimed in claim 1, wherein the HP synthe-
sis gas stream formed in step (A) is cooled to a temperature in
the range of =15 to -=55° C. in step (B) by heat exchange with
a plurality of internal refrigerant streams selected from the
group consisting of cold hydrogen rich vapor streams and
liquid CO2 streams.

8. A process as claimed in claim 1, wherein the hydrogen
rich vapor stream that exits the final turboexpander in step (D)
is obtained at a pressure in the range of 1 to 200 barg.

9. A process as claimed in claim 1, wherein the hydrogen
rich vapor stream that exits the final turboexpander in step (D)
is obtained at a pressure in the range of 25 to 45 barg, and is
passed as fuel gas to a combustor of at least one gas turbine of
a power plant.
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10. A process as claimed in claim 1, wherein the cooled HP
synthesis gas stream formed in step (B) has a temperature in
the range of -30 to -40° C. and is passed to a cryogenic
separation system that comprises a single cryogenic separa-
tion stage comprised of a heat exchanger that employs an
external refrigerant and a gas-liquid separator vessel wherein
the pressure drop across the cryogenic separation stage is in
the range of 0.1 to 5 bar; the heat exchanger of the cryogenic
separation stage has an operating temperature in the range of
-40 to -55° C.; and wherein the HP hydrogen rich vapor
stream and the HP liquid CO2 stream of step (C) are with-
drawn from the gas-liquid separator vessel of the cryogenic
separation stage.

11. A process as claimed in claim 1, wherein the cooled HP
synthesis gas stream that is formed in step (B) has a tempera-
ture in the range of =15 t0 30° C. and is passed to a cryogenic
separation system comprising a plurality of cryogenic sepa-
ration stages that are arranged in series; the cryogenic sepa-
ration stages of the series are operated at progressively lower
temperatures and with a pressure drop across the series of
cryogenic separation stages in the range of 0.1 to 5 bar; the HP
hydrogen rich vapor stream and the HP liquid CO, stream of
step (C) are withdrawn from the gas-liquid separator vessel of
the final cryogenic separation stage in the series; and addi-
tional HP liquid CO, streams are withdrawn from each of'the
preceding cryogenic separation stages in the series.

12. A process as claimed in claim 1, wherein the synthesis
gas stream is compressed in the compression system to a
pressure in the range of 175 to 360 barg.

13. A process as claimed in claim 1, wherein the synthesis
gas is compressed in a multistage compressor system com-
prising a plurality of compressors arranged in series wherein
a heat exchanger is provided after each compressor of the
series and wherein the synthesis gas is cooled in each heat
exchanger against an external coolant selected from the group
consisting of air, water or a cold process stream selected from
the high pressure (HP) hydrogen rich vapor stream formed in
step (C) or the hydrogen rich vapor streams withdrawn from
the turboexpanders of the series from step (D).

14. A process as claimed in claim 1, wherein the H2S
absorber effects removal of H2S in step (E) by means of
solvent extraction.

15. A process as claimed in claim 14, wherein the solvent is
refrigerated methanol or a refrigerated mixture of dimethyl
ether of polyethylene glycol.

16. A process as claimed in claim 1, comprising an addi-
tional step of (F) prior to step (D) comprising contacting the
high pressure (HP) hydrogen-rich vapor stream from step (C)
with a solvent in a CO2 absorber to remove any residual CO2
and H2S contained therein.

17. A process as claimed in claim 16 where the H2S
absorber and the CO2 absorber are integrated and share the
same solvent.

18. A process according to claim 16 wherein the CO2
absorber is at a pressure of at least 60 bar.
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